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Axial Mixing of Large Solids in Fluidised Beds  
– Modelling and Experiments  
ANNA KÖHLER  
Division of Energy Technology 
Department of Space, Earth and Environment 
Chalmers University of Technology 
Abstract  
Fluidisation is a technology commonly found wherever particulate solids are to be 
transported, mixed and/or reacted with a gas. At present, it is a widespread 
technology with applications ranging from the production of carbon nanotubes in 
the manufacturing industry to the conversion of solid fuels in the heat and power 
sector. As for the latter, fluidised beds are well received for their fuel flexibility 
(being able to efficiently convert low-grade fuels) and for their ability to control 
emissions with in-bed methods. In most applications, like solid fuel conversion, the 
heat and mass transfer between the gas and the solids (e.g. fuel particles) play an 
important role in the process performance. In turn, these transfer mechanisms are 
affected by the axial solids mixing, as solids immersed in the dense bed will 
experience higher heat transfer and lower mass transfer than otherwise.  
This work focuses on the axial mixing of large solids in fluidised beds with the aim 
to advance current knowledge on in-bed mixing with an emphasis on biomass 
particles. As the latter typically have a high content of moisture, volatile and ash and 
are larger and lighter than conventional fuels like e.g. coal or lignite, they are even 
more prone to segregate axially in the bed in a flotsam fashion. Yet, the effect of fuel 
density and size as well as the effect of fluidisation conditions on the axial mixing 
of fuel has not been fully understood.  
To enhance the understanding of solids mixing, this work combines a one-
dimensional semi-empirical model with experiments applying magnetic particle 
tracking (MPT) in a fluid-dynamically down-scaled fluidised bed. The model is used 
to identify governing mechanisms and the respective key parameters to be studied 
with dedicated experiments which, in their turn, contribute to the continuous 
upgrading of the model. 
The key parameters in the axial mixing of larger solids in a fluidised bed are found 
to be: i) the apparent viscosity of the emulsion, for which MPT measurements 
confirmed its Newtonian character, and ii) the bubble flow, which experiments 
revealed to have a higher upwards velocity and fuel-to-bubble velocity ratio than 
shown in previous literature not accounting for hot conditions.  
Keywords: fluidised beds, solids mixing, semi-empirical modelling, fluid-
dynamic down-scaling, magnetic particle tracking   
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1 Introduction  
 
Fluidisation is the dynamic fluid-like state that develops as gas passes through a 
bed of particulate solids. Originally developed for the gasification of coal in the 
1920s through the Winkler process, fluidisation is now a widely used technology. 
Fluidised bed (FB) units can be found in all kinds of applications, ranging from 
particle classification, pneumatic transport, filtration, and drying and coating over 
different catalytic processes in the petrochemical industry to the conversion of 
solid fuels in combustion and gasification processes [1]. New applications, such 
as the production of carbon nanotubes [2] and chemical looping combustion to 
capture the greenhouse gas CO2 [3], have been added to the list in the past few 
years. What all these processes have in common is the need to transport and/or 
mix particulate solids frequently, with special emphasis on the transfer of heat 
and mass with the fluidising gas.  
The largest FBs are used for the combustion of solid fuels with dimensions of 
medium-sized multi-storey buildings, while the particulate solids used in the beds 
are as small as fine grains of sand. Besides the gas phase in the form of bubbles, 
various types of solids may be present in the bed, including bulk solids (fuel 
ashes, sand and/or active bed materials, such as oxygen carriers, catalysts and 
sorbents) and fuel particles (e.g., biomass, waste, plastics, peat, coal). The latter 
particles are typically larger and lighter than the bed material. Momentum, heat 
and mass are exchanged within and between all the phases over a wide range of 
length and time scales, which means that fluidised beds are complex multiphase 
flow systems and that performing modelling and measurements is a challenging 
task [4]. 
In the early stages of development, scarce knowledge and limited computational 
capacity [5] made the use of experimental correlations the main tool for 
optimising the design and operation of fluidised beds. As knowledge has 
expanded and computational power has increased, the tools for extrapolative 
design and operation and the modelling of FB units have been developed. In 
general, there are two types of models: computational fluid dynamics (CFD) and 
semi-empirical modelling. CFD, which is derived from first principles, provides 
solutions to generic, governing equations. However, CFD models present 
challenges in the forms of high computational cost (e.g., due to the high number 
of particles in Lagrangian modelling) and uncertainties in terms of the 
coefficients in the governing equations (e.g., the solid stress tensor for Eulerian 
representations of the solids phase). Semi-empirical process models usually do 
2 
 
not solve the velocity fields of the gas and bulk solids through momentum 
balances but rather by applying simpler sub-models, assumptions, and data 
derived from experiments. Thus, these models lack the level of detail of CFD and 
are somewhat restricted to the range of parameters used during their development, 
although they can simulate the whole process with affordable computational 
times (hours), making them a powerful tool for design and engineering purposes 
[6]–[8].  
The FB technology used for the conversion of solid fuels (combustion, 
gasification) has two main advantages over other technologies (e.g., pulverised 
fuel units and grate-fired units) [9]. FB systems have high fuel flexibility, with 
the ability to convert low-grade solid fuels, such as waste and biomass, without 
the need for extensive fuel preparation, while still enabling stringent control of 
conversion. Second, FB systems enable in-bed reductions of polluting emissions, 
such as nitrogen and sulphur oxides, through the addition of sorbents to the bed 
(and, with modifications, CO2 capture without a major energy penalty). A critical 
but sparsely studied phenomenon in FB units for solid fuel conversion is the 
mixing of the larger and lighter fuel particles in the dense bed of the finer and 
heavier bulk solids. In particular, the axial mixing of the fuel particles has a direct 
impact on the rates of fuel conversion and lateral mixing. As for the fuel 
conversion, fuel floating on the bed surface will result in a lower bed-to-fuel heat 
transfer rate than fuel that is immersed in the bed [10], and this will entail longer 
drying and devolatilisation times and may result in a less-reactive char [11]. 
Furthermore, the char conversion itself for particles floating on the bed surface 
will occur under lower heat transfer, albeit with better mass transfer of gases to 
the particle than is the case for char immersed in the bed, conferring faster burnout 
times for combustion and an uncertain impact on gasification. As for the lateral 
mixing, fuel that floats on the bed surface will spread faster in the lateral 
directions than fuel that is immersed in the bed [12]. Rapid lateral mixing of fuel 
is often desirable to avoid maldistribution of the fuel (and thus, of the gas species 
and temperature) over the cross-section. However, in units with a cross-flow of 
bed material, this can lead to insufficiently long residence times for the fuel in the 
bed.  
While research efforts in the past have focused primarily on understanding 
processes with conventional fuels, such as coal and lignin, current geopolitical 
and environmental challenges have prompted interest in more local and 
sustainable fuels, such as biomass and renewable waste fractions. These low-
grade fuels typically have high contents of volatiles, often in combination with 
high moisture contents. As a consequence, they release significant amounts of 
gas, which provides them with an extra buoyancy force. This, together with their 
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large size and low density, promotes in-bed fuel segregation, which becomes a 
new important aspect to consider during the design and operation of FB units for 
solid fuel conversion.  
1.1 Aims and Scope  
This thesis aims at advancing current knowledge of in-bed mixing, which is 
crucial for describing the axial mixing of fuel particles in fluidised bed 
applications. A special focus is on the mixing of biomass particles. While the 
scope is limited to bubbling fluidised beds, it should be noted that these have 
previously shown [13] to exhibit an overall flow behaviour that is similar to that 
of the bottom region (dense bed and splash zone) of fluidised beds operating 
under circulating conditions.  
To understand how the size and density of the fuel, properties of the bed material, 
and fluidisation conditions affect the vertical distribution of the fuel over the bed 
height, a semi-empirical, one-dimensional model is combined with experiments. 
The model provides a mathematical description of the problem and is used to 
identify the key parameters and knowledge gaps to be investigated in targeted 
experiments. The experimental work is carried out in a fluid-dynamically down-
scaled unit, to provide quantitative relevance to the measurement data, as hot and 
large-scale conditions are mimicked. Measurements are carried out by magnetic 
particle tracking (MPT), which enables high temporal and spatial resolutions. The 
work includes the further development and refinement/tuning of the MPT 
technique for the performance of measurements in fluid-dynamically down-
scaled fluidised beds.  
1.2 Fluidisation, Bubbles and Solids Mixing  
Fluidisation of a bed of particulate material, which can be divided into several 
stages (Figure 1.1), is achieved by passing a gas through the particles [14]. At 
very low gas velocities, the particles remain still in a fixed bed as a preliminary 
step to fluidisation. When the gas velocity is increased to the minimum 
fluidisation velocity the particles enter the minimum fluidisation stage, in which 
the behaviour of the bed resembles that of a fluid, i.e., the bed surface is smooth 
and the fluid-dynamical properties, such as density and viscosity, can be assessed. 
When the gas velocity is further increased, gas bubbles form in the bottom of the 
chamber, move upwards, and eventually erupt at the bed surface. The bed consists 
then of a bubble phase (typically assumed to be solids-free) and an emulsion 
phase, which consists of solids and gas and exhibits the same properties as the 
fluid-like phase at minimum fluidisation [15]. As they ascend, the bed bubbles 
cause solids displacement patterns and thereby initiate solids mixing. Solids drift 
along the bubbles’ surfaces and are pulled upwards in the wake of the bubbles 
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[16]–[19]. Finally, when the bubbles erupt at the bed surface, bed material is 
ejected into the freeboard and scattered in the lateral direction [20]. Thus, bubbles 
are the main driving force for solids mixing in the dense region of a fluidised bed.  
 
Figure 1.1: Stages of gas fluidisation for a bed of particulate material. Adapted from Kunii 
and Levenspiel [14].  
Historically, the bed has been divided based on gas flows into two phases: the 
bubble-free zones are the emulsion phase, exhibiting the same properties as the 
fluid-like phase at minimum fluidisation [15], while the additional gas flow is 
present in the bubble phase. This classic two-phase theory has been shown to 
over-predict expansion of the bed and has subsequently expanded with a 
throughflow, a third gas flow that passes through the bubbles [21].  
Furthermore, a portion of the solids is present in the wake of the rising bubbles, 
suggesting a division into different zones of wake (upwards-rising) and drift 
(downward-drifting) solids rather than the distinguishing of gas phases. In 
shallow and wide beds (typical for large-scale conversion of solid fuels), the 
bubbles form bubble paths [12], [22], [23] – a stream of rising bubbles trailing 
along roughly the same path – around which the motion of the bed material forms 
a toroidal pattern (Figure 1.2), known as the ‘gulf stream’ flow pattern [14]. Bed 
material is dragged upwards in the inner region of the toroid, where bubbles flow 
and move downwards in the (bubble-free) outer region of the toroid to fulfil the 
mass balance. Fuel particles are carried along with the solids flow and circulate 
through the bed in a similar manner. The fuel particle circulation can be divided 
into axial motion and lateral motion, as indicated in Figure 1.2. The dominating 
axial motion is characterised by the drag of sinking solids (a) and the drag of 
rising wake solids (c) on the fuel particle [16], [17], [22]. The lateral motion in 
the bed is induced by the fuel particle being dragged into a bubble path (b) or by 
5 
 
it being released from the latter (d) [16], [24], while lateral mixing on the bed 
surface is caused by the scattering of bubble eruption (e) [20].  
Whether fuel particles mix or segregate axially is mainly a function of their own 
physical properties, as well as the fluidisation conditions of the bed [25]–[27]. 
The lower density of the fuel particles relative to the bulk solids makes the former 
prone to segregate on the bed surface (Figure 1.2, f), while a more vigorous 
fluidisation results in the axial circulation of bulk solids dragging the fuel 
particles into the bed, thereby yielding a wider distribution of the fuel over the 
bed height.  
 
Figure 1.2: Development of bubble paths and the movement of fuel particles in bubbling 
fluidised beds. 
When modelling the mixing of larger solids (i.e., fuel particles) in a fluidised bed, 
the forces that the gas-solids emulsion (buoyancy and drag) exerts on the object 
must be assessed. For this purpose, the gas-solids emulsion can be treated as a 
fluid with fluid-dynamic properties, such as density and viscosity. The emulsion 
density, ρe, plays an important role in the buoyancy and drag forces on an object 
and can be expressed relatively easily with the bed porosity [14] measuring the 
pressure difference, ∆p along a distance, ∆z, in the dense bed [28], here at 
minimum fluidisation:  
𝜌𝑒 = (1 − 𝜀𝑚𝑓)𝜌𝑠 + 𝜀𝑚𝑓 ∙ 𝜌𝑔   (1) 
∆𝑝
∆𝑧
= (1 − 𝜀𝑚𝑓)(𝜌𝑠 − 𝜌𝑔) ∙ 𝑔   (2) 
The viscosity indicates how much drag the studied particle will experience from 
the surrounding gas-solids emulsion moving at a certain relative velocity. 
Viscosity measurements of fluids are often performed in viscosimeters, where the 
fluids run through a defined capillary tube, a method that is obviously unsuitable 
(a)
(b)
(c)
(e)
(d)
(f)
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for a fluidised bed. Different approaches to measure the viscosity of gas-solids 
emulsions can be found in the literature, such as investigating the bubble shape 
[29] or using a Couette viscometer [30]. Another common method is the falling 
sphere method, where a spherical solid tracer is released into the bed at minimum 
fluidisation [31]–[35]. By measuring the terminal velocity of the tracer, the drag 
coefficient can be calculated, which leads to the Reynolds number of the flow and 
thereafter, the apparent viscosity, µe, of the emulsion.  
1.3 Structure of the Thesis  
To gain a better understanding of axial mixing of large solids in fluidised beds, 
this work combines two elements: modelling and experimental work (Figure 1.3). 
The two elements are connected given that the semi-empirical model is fed with 
data extracted from experiments, while the model serves to identify those key 
mechanisms that warrant being investigated experimentally.  
 
Figure 1.3: Structure of the thesis, including the publications (Papers I–IV): combining 
modelling with an experimental approach.  
This thesis is based on the work presented in the four appended papers. The 
modelling work, in the form of a 1-dimensional model for the axial mixing of 
large objects in a fluidised bed, is described in Section 2 and in Paper I. The 
experimental work is briefly outlined in Section 3 and is described in more detail 
in Papers II, III and IV.  
Paper II presents how MPT can be used in fluid-dynamically down-scaled 
fluidised beds to investigate the movement of a tracer in all three spatial 
dimensions and time. The diagnostic technique is evaluated and refined, and both 
possibilities and limitations are identified.  
In Paper III, MPT and fluid-dynamical down-scaling are combined to measure 
the axial mixing of spherical tracers in bubbling fluidised beds. The experiments 
cover various tracer densities, bed heights, fluidisation velocities, and pressure 
7 
 
drops over the air distributor of the bed. The resulting measurement data represent 
the main contribution in terms of empirical input to the model presented in 
Paper I; namely, the probability that the tracer will leave the emulsion zone with 
the downwards-flowing solids and join the wake solids with the rising bubbles.  
Paper IV is a first step towards increasing our understanding of the viscosity of 
the emulsion phase in fluidised beds. This parameter was, through model runs, 
identified as a key target for experimental investigations (see Publications not 
included in this thesis above), given its strong impact on the axial mixing of solids 
and the scarce information in the literature. This paper presents experiments that 
determine the viscosity of the emulsion at minimum fluidisation by combining 
the falling sphere method with MPT. The work covers a literature review of the 
knowledge gained in the past and includes experimental results that provide 
explanations for the apparently contradictory conclusions in the previous studies. 
The conclusions drawn are in turn used in the modelling work by applying refined 
values and expressions for the viscosity of the emulsion.  
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2 Modelling Work  
 
The dynamic one-dimensional model to simulate the axial mixing of a large 
particle in a bubbling fluidised bed is set up as Lagrangian tracking system that 
describes the z-position of a single large particle (Figure 2.1). The model 
differentiates between the dense bed and the splash zone above it. The dense bed 
is itself divided into two zones: 1) the bubble wake zone with gas in the form of 
bubbles, rising at the velocity ub, and with bed solids flowing upwards in the 
bubble wakes; and 2) the emulsion zone, which is a bubble-free emulsion of gas 
flowing upwards at the minimum fluidisation velocity, umf, and sinking bulk 
particles. In a bubble-free bed, the particles are held up by the gas flow, whereas 
in bubbling fluidised beds they sink as they make up for the wake solids that are 
rising in the bubble wake zone.  
The schematic in Figure 2.1 shows how the fuel, mimicked by a single spherical 
tracer, is tracked through the bed starting in the emulsion zone. In time-steps with 
the occurrence of a bubble passage, the probability of the particle leaving the zone 
and starting to rise with the wake solids, q, is applied. These probability values 
were obtained from experiments ([36], Paper III). Once it reaches the bed surface, 
the tracer is ejected into the splash zone.  
 
Figure 2.1: Schematic of the Lagrangian model used. 
z0
Bubble 
passage 
  
Bubble wake  
zone  
Bubble flow ↑   
Wake solids ↑  𝑠 
Particle ↑   =    
Emulsion zone 
Gas flow ↑  𝑒
Sinking solids ↓  𝑠 
Particle ↕   =   
While t < ttot
z(t) 
Splash zone
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In the emulsion zone, the acceleration of the tracer is calculated according to a 
balance of the forces acting on the particle: gravitation, buoyancy, drag and lift 
from gas release from the converting particle.  
 𝑝𝑎𝑝 =  𝐺 +  𝐵 +  𝐷 +  𝐿  (3) 
The buoyancy force is dependent upon the density of the emulsion phase, Eq. (1), 
while the drag force depends on the viscosity of the bed and the velocity of the 
sinking bulk particles. This downwards velocity of the solids,  𝑠 , results from 
the mass balance of the bed material, in which the velocity of the sinking solids 
compensates for the rising wake solids:  
 𝑠 =
𝑓𝑤∙𝛿∙𝑢𝑏
(1−𝛿−𝑓𝑤𝛿)
  (4) 
where fw is the volume fraction of the bubble wake in respect to the bubble volume 
[18], and δ is the volume fraction of the bubble phase in the dense bed.  
In the bubble phase, the tracer particle rises with a fraction, α, of the bubble 
velocity. The velocity of the bubble flow, ub, is the sum of the velocity of a single 
bubble in an infinitely large bed, ubr∞ (first term, right-hand side in Eq. (5), 
expressed according to [37]) and the superficial gas velocity corresponding to the 
bubble flow, i.e., uo- umf- utr.  
  = 0.711 ∙ √𝑔 ∙ 𝐷 +  𝑜 −  𝑚𝑓 −  𝑡𝑟  (5) 
When entering the splash zone, the vertical velocity of the tracer is decided by 
the bubble velocity and an angle, θ, which is taken from experiments [38]. In the 
splash zone, the particle follows a ballistic movement and re-enters the emulsion 
zone once it lands back on the dense bed surface.  
The model is run for a sufficiently long time to ensure robust statistical 
significance.  
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3 Experimental Work  
 
All the experimental work presented in this thesis for Papers I–IV was carried out 
in one fluid-dynamically down-scaled bubbling fluidised bed (of square cross-
section, 0.17×0.17 m2) using magnetic particle tracking of a single tracer. Figure 
3.1 shows the FB unit with one AMR sensor in the foreground.  
 
Figure 3.1: Experimental set-up. Fluid-dynamically down-scaled bubbling fluidised bed with 
one AMR sensor in the foreground.  
3.1 Fluid-dynamically down-scaled fluidised bed  
The bed used is fluid-dynamically down-scaled from an arbitrary bed with bed 
material typically used in industrial scale beds using the full set of Glicksman’s 
scaling laws [39], which allows for fluid-dynamical investigations at ambient 
temperature and pressure and is more operationally flexible than large units 
operated under hot conditions. Thanks to the scaling laws, the data from such cold 
flow models have quantitative relevance for hot large-scale units and can be 
applied to investigate, for example, fuel mixing, as shown by Sette et al. [40]. The 
unit used for the work in Papers II–III was fluidised with air at room temperature 
and atmospheric pressure, so that up-scaling to different hot conditions (i.e., 
temperatures, fluidising gas) resulted in different scaling factors.  
B
ed
h
ei
g
h
t:
 4
 –
1
6
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m
17 cm
Distributor
Wind box
AMR 
Sensor
Air inlet
Pressure
taps
Scattered material 
from erupting bubble
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Table 3.1 summarises the different scaling sets applied in Papers II and III, which 
resulted in the use as the bed material a bronze powder with a mean particle 
diameter of 60 µm and a solid density of 8,900 kg/m3. Paper II used a cylindrical 
tracer, a permanent magnet of fixed density. For the magnet to resemble an 
anthracite particle, combustion conditions with a temperature of 900°C were 
chosen, which resulted in a length scale factor of 5. With further development of 
the MPT method, Paper III applied three capsulated spherical tracers of constant 
size but of varying density, resulting in the choice of the more common 
combustion temperature of 800°C. Both papers apply different bed heights and 
fluidisation velocities. Papers II and III use a total of four different perforated 
plates with varying pressure drop characteristics for air distribution. 
Table 3.1: Scaling set used in the different papers attached to this work.  
 Units Cold down-scaled  
Hot large-scale  
Paper II (Combustion)  
Hot large-scale  
Paper III (Combustion)  
Length scaling  - L 5 L 4.4 L 
Velocity scaling  - u  √5 ∙    √4.4 ∙    
Time scaling  -  t  √5 ∙ 𝑡  √4.4 ∙ 𝑡  
Bed dimensions m 0.17×0.17 0.85×0.85 0.74×0.74 
Bulk solids size  µm 60 300 250 
Bulk solids density kg/m3 8,900 2,600 2,600 
Min. fluid velocity  m/s  0.03 0.07  0.06  
Fuel particle  
(diameter/length) 
mm 6/3, 10  15/30  44  
Fuel particle 
density  
kg/m3 1,470–7,310 1,890 350, 800, 1,230  
Temperature °C 20 900 800 
 
3.2 Magnetic particle tracking  
All the measurements in Papers II–IV were carried out by means of MPT, which 
has been shown to be a suitable method for the continuous three-dimensional 
tracking of an individual tracer particle in fluid-dynamically down-scaled FBs. In 
such units, the metallic bed material imposes severe limitations on the usage of 
tomographic methods, while optical methods are limited to the bed surface, as is 
the case for any three-dimensional unit (see Paper II).  
In this thesis, four sensor assemblies were used to track a single tracer particle 
that consisted of an NdFeB-based permanent magnet. One sensor assembly is 
mounted on each of the side walls of the bed at a height of 45 mm and contains a 
three-axis Anisotropic Magneto Resistive (AMR) sensor, which is powered by an 
external voltage source. The AMR sensor is produced with a default direction, 
which will change in response to an approaching magnetic field, thereby affecting 
the electrical resistance of the sensor. Five variables are unknown in this system: 
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the position (x, y, z) and rotation (φ, θ) of the tracer. With four sets of three-axis 
sensors, a total of 12 measurements is collected at each sampling point, resulting 
in an over-determined system, which is solved by minimising the squared 
difference between the modelled and measured magnetic field. Noise that 
originates from magnetic fields surrounding the measurement device can be 
subtracted in the data analysis by taking a background measurement before each 
experiment.  
The magnetic field range of the sensors is ±0.6 mT, which can be exceeded when 
the magnetic tracer is located close to the sensing elements. Once saturated, the 
sensor can be restored with magnetisation by sending two short electric pulses, 
so-called set/reset (S/R) pulses, to the sensor. As sensor saturation is not easily 
detectable, S/R is performed synchronously with the sampling frequency to 
ensure that all the sensor elements are measuring properly. However, with this 
procedure, the sampling frequency is restricted to around 20 Hz, as restoration of 
a sensing element by an S/R pulse requires the corresponding time.  
Paper II presents a solution to the sensor restoration issue based on enabling 
asynchronous S/R pulses while measuring, thereby yielding higher sampling 
frequencies (up to 200 Hz). Furthermore, a method to detect and remove 
measurement data from saturated sensors was developed. In Paper III, tracers 
with stronger magnetic fields were used, such that the sensor elements were 
moved further away from the bed wall to minimise sensor saturation. As the 
magnetic fields of the tracers were stronger, this did not result in a reduction of 
the signal strength. In addition, the modelled magnetic field implemented in the 
code that solves the minimisation problem was modified in order to allow for 
tracers of different magnetic strength to be used.  
3.3 Falling sphere experiments  
As the work in Paper IV investigates the apparent viscosity of a gas-solids 
emulsion with non-scaled solids, no fluid-dynamic scaling was applied and 
Ballotini particles (with a narrow particle size distribution of 212 µm to 250 µm 
and a solid density of 2,600 kg/m3) were used as the bed material. The bed was 
fluidised to the minimum fluidisation conditions (0.048 m/s) with a high bed (13–
16 cm), to ensure that the tracer reached its terminal falling velocity. For a smooth 
fluidisation, a porous plate with a high-pressure drop was used as the air 
distributor. Furthermore, eight different spherical tracers with sizes in the range 
of 5–20 mm and densities in the range of 4,340–7,500 kg/m3 were used in the 
tests.  
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4 Results and Discussion  
 
This section summarises the main findings of this thesis by presenting selected 
results that underline the connections visualised in Figure 1.3. Initially, results 
showing how the modelling and the experimental work support each other are 
presented (i.e., horizontal connections in Figure 1.3). Thereafter, results from 
both the modelling and the experimental work are presented that expand the 
current understanding of axial mixing (i.e., vertical arrows in Figure 1.3).  
4.1 Combination of modelling and experimental work  
As discussed in Section 1.2 and indicated in Section 2, this work focuses on four 
mechanisms (each with a key parameter to be investigated experimentally) that 
potentially govern the circulation of a tracer particle immersed in a dense bed. 
They are briefly listed here, and the main findings are presented below:  
a) The drag from the sinking bed material acting on the tracer particle 
(governed by the apparent viscosity of the bed emulsion).  
b) The transition of the tracer particle from the emulsion zone with sinking 
solids to the bubble wake zone (governed by the probability of the 
particle to join the wake of a passing bubble).  
c) The drag of the rising bubble wake acting on the tracer particle 
(governed by the effective rise velocity of the bubble path).  
d) The transition of the tracer particle from the bubble wake zone to the 
emulsion zone (governed by the probability to detach from a bubble 
wake and slip back into the emulsion zone with sinking solids).  
Transition from bubble wake zone to emulsion zone  
The mechanism underlying the transition from the bubble wake zone to the 
emulsion zone inside the dense bed was studied by evaluating the experimental 
data acquired for Paper III. Characterized by low measured probabilities for this 
phase change to occur, the mechanism was found to play a negligible role in the 
axial mixing of the tracers that mimic tracer particles and was therefore not 
considered in the modelling. Instead, this zone change was considered to occur 
exclusively through ejection of the rising fuel particle into the splash zone so that 
it lands on the dense bed surface of the emulsion zone.  
Drag of solids in rising bubble wake on tracer particle  
The tracer rise in the bubble wake is considered by assuming that the rise velocity 
is a fraction of the bubble velocity, α, which reflects that the fuel particles are 
typically not dragged up in only one wake region, but instead through 
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consecutively joining and detaching from different wake regions. Previously, this 
fraction was shown to represent 10%–30% of the bubble velocity [24], [27], [41]–
[43]. However, the analysis of experimental data related to the investigations 
described in Paper III reveals the values in literature underestimate the rising 
velocity of the tracer, hence, α is higher in hot industrial scale units. Additionally, 
the data showed, that α decreases with increasing fluidisation velocity. Thus, the 
model in Paper I uses the values obtained from the experiments in Paper III 
ranging from 94%–55%. Finally, the modelling studies disclose that low α-values 
(approx. below 15%) result in a significantly different axial tracer particle 
distribution.  
Transition from emulsion zone to bubble wake zone  
The probability of the particle to transfer from the sinking emulsion by joining 
the rising wake solids, q, is a key component of the model presented in Paper I, 
as it couples the two zones considered in the dense bed and is needed to enable 
circulation (sinking/rising) of the tracer particle. The q-values were extracted 
from the (extended) measurement data in Paper III. Figure 4.1 shows the 
probability over height in the bed of a spherical tracer diameter, 10 mm; solid 
density, 4,320 kg/m3) for increasing fluidisation velocity (0.06–0.26 m/s); both 
the measurement points and fitted curves are plotted and the fixed bed height is 
indicated in the figure. The probability to join the wake region of a passing bubble 
is higher in the bottom regions of the dense bed and decreases towards the dense 
bed surface, where vigorous movement might prevent the tracer from attaching 
to the rising wake solids. With increasing fluidisation velocity, the probability 
increases, which is in line with larger bubbles being formed at higher velocities.  
 
Figure 4.1: Probability of the tracer particle to join the wake region of a bubble, q, over 
height, z, for different fluidisation velocities (0.06–0.26 m/s). Source: Paper I.  
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Figure 4.2 shows the mean probability that the tracer will exit the sinking 
emulsion and join the bubble wake as a function of fluidisation velocity, for 
different tracer sizes and densities. For all the tracers, the fluidisation velocity 
increases the probability, albeit to different extents. There is no clear trend 
regarding the influences of tracer size and density. A possible explanation for this 
is the flotsam behaviours of these tracers, which makes it difficult to gather 
measurement points with sufficient representability inside the dense bed. Paper I 
discuss the further usage in the model of a probability value that is averaged over 
the dense bed height and for all fluidisation velocities, particles densities and 
sizes, considering the indefinite influences of tracer size and density in the 
experiments, as well as the weak influences of variations in this variable on the 
modelling results.  
 
Figure 4.2: Mean probability to start rising, q, over fluidisation velocities, u0, for different 
tracer sizes and densities. Source: Extended measurement data from Paper III 
Drag of sinking solids on tracer particle  
Regarding the drag of the bed material on the tracer particle, in a first version of 
the model (Paper 2 in the list of Publications not included in this thesis), a simple 
correlation derived from experimental data for one of the tracers in Paper III and 
which depended exclusively on the velocity difference of the particle to the bed 
material was used to describe the drag coefficient. This approach was very 
limited, as it excluded the influence of fuel size, which in Paper III is confirmed 
to play a key role in axial mixing. Furthermore, as discussed in Paper IV, the 
models and values described in the literature for the apparent viscosity of the bed 
were found to be scarce and partly contradictory [35].  
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Paper IV presents experiments to measure the apparent viscosity of the emulsion 
of a bed at minimum fluidisation. Figure 4.3 compares the experimental values 
obtained in Paper IV with values calculated as proposed by Rees et al. [35], who 
used measurement data from Daniels et al. [31] and who suggested the influence 
of a defluidised hood that builds up above the sinking tracer and eventually 
detaches from it, while the viscosity remains constant with changes in the 
terminal velocity. The measured value of 0.24 Pa s fits well with the values 
obtained by Rees et al. [35] assuming the defluidised hood to detach as the tracers 
fall with high terminal velocity. The value of the apparent viscosity in Paper IV 
is lower as spherical Ballotini particles where used as bed material, while Daniels 
et al. [31] used sharp sand particles resulting in a higher drag on the tracer particle.  
 
Figure 4.3: Apparent viscosity, µe, against the absolute terminal velocity, |ut|. Viscosity is 
calculated from experiments assuming the presence or absence of a defluidised hood, as 
proposed by Rees et al. [35]. Data from this work and Daniels [31]. Source: Paper IV.  
The conclusions in Paper IV suggest the usage of a constant apparent viscosity 
for the gas-solids emulsion in the model described in Paper I and confirm the 
Newtonian character of the bed emulsion. The measurement range presented in 
literature [35] is extended with higher terminal velocities, i.e. beyond the linear 
flow regime. The comparison with the experimental bed viscosity values in the 
literature obtained with other methods [32], [44], indicates that the measurement 
method used for spheres at externally controlled velocities (instead of free falling) 
is intrusive, influencing the drag of the emulsion on the tracer and, therefore, the 
result of the apparent viscosity.  
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Furthermore, the model in Paper I was used to evaluate the effect of the viscosity 
on the circulation of the tracer particle, showing with increased apparent viscosity 
most observations of the tracer particle are made inside the dense bed. For the 
model in Paper I the value of 1.24 Pa s was used (as suggested by Rees et al. [35] 
but up-scaled).  
4.2 Axial mixing of large solids  
The influences of fluidisation velocity and tracer density on the axial mixing are 
depicted in Figure 4.4, which compares the modelled (Paper I) and experimental 
(Paper III) probability density functions (PDF) for the axial location of two 
different tracer particle densities (810 and 400 kg/m3). The experiments were 
conducted as described in Section 3.1 with a bed height of 0.3 m and with two 
different fluidisation velocities (0.13 and 0.43 m/s). The model used the same 
input values as well as an α-value for the respective velocities retrieved from 
experiments in Paper III and an apparent viscosity of 1.24 Pa s. By minimising 
the squared error for varying the wake volume fraction of the rising bubbles, a 
value for the wake fraction, fw, of 0.94 was obtained.  
There is good agreement between the modelled and measured data. The model 
reproduces the trends observed in the experiments, i.e., increasing the fluidisation 
velocity results in better mixing and lighter particles are more prone to float on 
the bed surface.  
a. 
 
b.  
 
Figure 4.4: Modelled and measured vertical locations of the tracer particle, z, at low and 
high fluidisation velocities (0.13 m/s and 0.43 m/s). a) Particle density resembling a fresh 
biomass particle (810 kg/m3). b) Particle density resembling the remaining biochar 
(400 kg/m3). Source: Paper I  
The influence of the pressure drop across the gas distributor is shown in Figure 
4.5, which compares the spatial distributions of the tracer particle for air 
distributors with two different pressure drops (Paper II). The tracer particle is 
more evenly distributed (both laterally and axially) when using a distributor with 
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a higher pressure drop. A low pressure drop enhances the defluidised zones in 
which the tracer gets trapped for longer periods.  
a.  
 
b.  
 
Figure 4.5: Measured spatial distributions of the tracer particle. Hb = 0.25 m; u0 = 0.22 m/s. 
a) Low-pressure distributor. b) High-pressure distributor. Note the modified scale in the 
colour map. Source: Paper II  
The flow structure of the tracer is exemplified in Figure 4.6, which shows the data 
for a vertical slice of the bed (Paper II). The colours indicate the magnitude and 
direction (up/downwards) of the vertical velocity.  
 
Figure 4.6: Tracer flow structures in a vertical slice located at y = 0.1 m. The background 
colour indicates the magnitude of the vertical velocity. Low-pressure distributor. 
Hb = 0.35 m. u0 = 0.29 m/s. Source: Paper II  
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In the graph, the dominating bubble paths can be clearly identified at around 
x=0.25 m and x=0.65 m. The tracer rises rapidly with the bubble paths and sinks 
at lower velocities beside and between the paths.  
Finally, the segregating tendency of the fuel was studied through the share of time 
spent by the tracer on and above the dense bed surface. Figure 4.7 plots the share 
of time against the fluidisation velocity and compares the results from the 
modelling (Paper I) and experiments (Paper III) for two different tracer densities. 
The location of the dense bed surface was taken from experiments with a fully 
flotsam tracer. Three mixing regimes can be identified for typical fuel particles 
(i.e., with a density lower than that of the gas-solids emulsion): 1) a purely flotsam 
regime that occurs at low fluidisation velocities; 2) a transition regime in which 
an increase in fluidisation velocity results in a rapid decrease in the number of 
observations of the tracer particle at the bed surface; and 3) a stationary regime 
in which the presence of a tracer particle at the bed surface and in the splash zone 
remains constant with fluidisation velocity. The onset fluidisation velocities 
between the regimes depend mainly on the bed height and tracer properties.  
 
Figure 4.7: Modelled and measured share of time spent on and above the dense bed surface 
of the tracer particle, Ffb, vs. fluidisation velocity, u0-umf. Comparing two tracer densities: 
fresh biomass (810 kg/m3) and biochar (400 kg/m3). Source: Paper I  
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5 Conclusions  
 
A combination of modelling and experimental work yields an improved 
understanding of the core mechanisms and connected parameters governing the 
axial mixing of large solids in the bottom region of fluidised bed units. 
Experimental work supports the modelling by providing empirical inputs 
obtained from dedicated experiments, while appropriate use of the model 
identifies the key knowledge gaps that need to be investigated experimentally.  
The apparent viscosity of the emulsion was by means of model investigations 
found to play an important role for the immersion of fuel particles in a fluidised 
bed. Dedicated experiments were able to determine the Newtonian character of 
the bed emulsion and explain contradicting claims provided in previous literature.  
Furthermore, the model investigations revealed the importance of a proper 
description of the bubble flow, more precisely, its influence on both the upwards 
velocity of the tracer in the bubble wake and the downwards velocity of the 
sinking bed solids. Experimental work combining fluid-dynamical scaling and 
magnetic particle tracking (MPT) shows that the previous studies in which the 
temperature effect was not considered tended to under-estimate the bubble 
velocity, i.e., literature correlations derived from non-scaled cold laboratory tests 
are not able to properly describe the bubble flows of large-scale FB units 
operating under hot conditions.  
The axial mixing of large solids can be mathematically described, showing good 
agreement with the measurements, using a semi-empirical model. The model is 
based on the definition of two solids zones in the dense bed and one in the splash 
zone, each with its own flow pattern for the tracer particle. Of these three zones, 
the mixing in the emulsion zone of the dense bed has the strongest impact on the 
final axial distribution of the fuel. In this critical phase, the mixing can be 
satisfactorily described by a balance of forces considering, besides gravity, the 
buoyancy towards the bed emulsion and the drag force from the sinking bed 
material.  
MPT has been shown to be a suitable method to investigate fuel mixing in fluid-
dynamically down-scaled units, providing 3-dimensional distributions of tracer 
locations and velocities with very high temporal (kHz) and spatial (mm) 
resolutions. Experimentally, three mixing regimes were identified to characterise 
in general terms the axial mixing of larger and lighter solids as fluidisation 
velocity is increased: 1) a purely flotsam regime dominated by the buoyancy 
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force; 2) a transition regime in which the fuel gradually increases the penetration 
into the dense bed; and 3) a stationary regime in which the drag and buoyancy 
forces balancing each other and in which the increased fluidisation velocity does 
not contribute to increased axial mixing of the fuel. It was found that the threshold 
values of the fluidisation velocity that determine the regime shifts depend on 
several variables, which have to be determined through modelling.  
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6 Future research  
 
The main experiments presented in this work were done with spherical tracer 
particles, although real fuel particles come with a variety of shapes. As MPT is 
able to provide the orientation of its tracer, the method allows for studying the 
influence of the shape of non-spherical tracers on the drag force acting on a tracer 
immersed in the dense bed. However, the cylindrical tracer used in Paper II was 
observed not to orient with its minimum projected area towards the flow, as 
expected, but showed a statistically preferred orientation towards the magnetic 
field of the Earth. To still be able to study the influence of tracer shape, the 
experiments must be conducted in absence of net external magnetic field, e.g. a 
Helmholtz field opposing the Earth’s magnetic field can be used. 
MPT measurements of the falling sphere experiments have so far been limited to 
the use of glass particles as bed material. However, the importance of the apparent 
viscosity of the bed emulsion and the scarce data for it available in literature 
indicate a need for further investigation involving different bed materials (size, 
density, sphericity, surface rugosity) and conditions (cold, down-scaled from hot 
conditions).  
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Notation  
 
Roman letters 
A0 Bubble catchment area, m
2 
Cd Drag coefficient, - 
D Diameter, m  
f2 Empirical expression, - 
Flift Lift force, N 
fw  Bubble wake fraction, -  
g  Gravitational constant, m/s2 
H0 Fixed bed height, m  
m Mass of fuel particle, kg  
Q Released gas flow rate, m3/s 
q Probability to start rising, %  
t Time, s 
u Velocity, m/s  
z Axial position, m  
  
Greek letters  
α Fuel-to-bubble velocity ratio, - 
δ Bubble fraction, - 
θ Ejection angle, ° 
μ0 Apparent viscosity, Pa s 
ρ Density, kg/m3 
τvol Devolatilisation time, s 
  
Indices  
b Bubble  
br Single bubble  
e Emulsion  
im Immersion  
mf Minimum fluidisation  
o Initial  
p Fuel particle  
s Solids  
tr Throughflow  
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